
Hydrodynamics of Gas-Agitated 
Liquid-Liquid Dispersions 

Gas-agitated liquid-liquid dispersions arise in applications as diverse 
as direct hydrogenation processes for bitumen and coal, and the 
manufacture of iron and steel. The transfer of gas-phase constituents to 
the dispersed liquid phase and /or elution of dispersed-phase drops 
have been identified as potential limiting phenomena in these pro- 
cesses. Consequently, mean drop size and drop size distribution are 
key design variables. In this paper, the impact of gas flux and the 
physical properties of dispersed-phase constituents on the steady- 
state size distribution of liquid drops in lean liquid-liquid dispersions is 
quantified. The physical properties of the dispersed phase are shown to 
have a significant impact on drop size and drop-size distribution at low 
gas fluxes. Sauter mean drop size is correlated using theoretical 
models for drop break-up and coalescence. All results are compared 
with stirred tank analogues. 
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Introduction 
Phase interactions in gas-liquid, gas-solid and gas-liquid-solid 

systems have been the subject of numerous experimental and 
theoretical investigations (e.g., Kumar et al., 1976; Kato et al., 
1976; Begovich and Watson, 1978; Hikata et al., 1980; Friedel 
et al., 1980; Kato et al., 1982). Phase interactions arising in 
gas-liquid-liquid systems, however, have received comparatively 
little attention, even though such three-phase systems can arise 
in hydrorefining processes (Shaw et al., 1988), pyrometallurgi- 
cal processes such as copper convertors and the head boxes for 
continuously caste steel, and electro-organic synthesis. 

Yoshida and Yamada (1972) measured the average diameter 
of kerosene drops dispersed in vertical tubes which were oper- 
ated batchwise with respect to both liquids. The mean drop 
diameter was correlated with the power input per unit mass of 
liquid- and dispersed-phase concentration. The average drop 
size was found to be a function of power input (power input-’.’) 
and to the volume fraction of oil (volume fraction’.’’). They also 
found that, for an equal mean drop size, the power consumption 

posed by Hatate (1976). More recently, Kato et al. (1984) 
carried out experiments in a continuous, multistage bubble 
column with the kerosene-water-air system and correlated mean 
drop diameter as a function of superficial gas velocity, total 
liquid velocity and free area of a series of horizontal baffle 
plates. It is unclear in these latter instances whether the 
dropsize distributions were obtained a t  steady state or under 
dynamic conditions. 

As potential applications for gas-liquid-liquid contactors can 
arise in systems with diverse physical properties and geometries, 
where the contactors may or may not be operated at  steady state 
with respect to drop-size distribution, there is a need to focus 
investigations on fundamental interactions which affect mean 
drop size and drop-size distributions. In this paper, the impact of 
gas flux, dispersed-liquid-phase concentration and physical 
properties of dispersed-phase constituents on the steady-state 
size distribution of drops in lean liquid-liquid dispersions is 
quantified. Dynamic phenomena are  addressed elsewhere 
(Hatzikiriakos et al., 1990). 

for a vertical tube was much less than that for agitated vessels, 
apparently substantiating their claim that bubble columns are 
more efficient contactors for liquid-liquid systems than mechan- 
ically agitated vessels. These authors did not vary the physical 
properties of the dispersed phase and did not report bubble size. 

An empirical correlation relating mean drop size to column 
diameter and dispersed-phase viscosity was subsequently pro- 

Prediction of Mean Drop Size in Gas-Agitated 
Liquid-Liquid Dispersions 
IsotroPiC turbdence aPProach 

Kolmogoroff (1949) and Hinze (1955) independently sug- 
gested that the rate of energy dissipation in a flow is the key 
parameter characterizing the structure of turbulence fluctua- 
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tions and hence drop size in turbulent liquid-liquid dispersions. 
Kolmogoroff identified velocity and length scales for the energy 
containing eddies. These eddies, eddies of the inertial subrange, 
are largely independent of both the large-scale geometry of flow 
and of the small-scale dissipative eddies. Since the functional 
role of these eddies is simply to convey energy upwards through 
the wave number spectrum, their structure is assumed to be the 
same for all flows with the same energy dissipation per unit 
mass, t. Hinze (1955) predicted that drops and bubbles tend to 
break up in flow fields subject to isotropic turbulence if the 
Weber number exceeds unity, yielding: 

d,,, - ( U / P ) ~ / ~ ~ C ‘ / ~  

Thomas (1 98 1) adopted a similar approach and concluded 
that drop coalescence is probable if drop diameter is less than a 
minimum stable drop diameter, d,,,, defined as: 

d,i, - 2.4{~2h2/p,pt]‘/4 

Equations 1 and 2 have been employed extensively in correla- 
tions for sauter mean diameter of dispersed-phase drops in 
mechanically-agitated liquid-liquid systems (Nishikawa et al., 
1987; Coulaloglou and Tavlarides, 1976; Stamatoudis and 
Tavlarides, 1985), where they are coupled empirically with the 
effect of relative viscosity ( p d / p L , )  (Hinze, 1955; Calderbank, 
1967). The empirical model developed by Nishikawa et al. 
(l987), for a high shear impeller, is compared with the model 
proposed below. 

Proposed model 
The direct application of such correlations to gas-agitated 

dispersions is questionable, as the hydrodynamics of gas- 
agitated and mechanically-agitated vessels are fundamentally 
different. In mechanically-agitated vessels, for example, fluid is 
exposed to progressively higher shear rates as the energy 
dissipation rate (impeller speed) is increased, whereas in gas- 
agitated vessels, the maximum shear rate remains fixed unless 
the structure of the flow changes. This is particularly true for 
vessels operated in the bubbling flow regime where the impact of 
gas flux on bubble properties is modest. As the zone of greatest 
shear arises adjacent to rising bubbles, close scrutiny of individ- 
ual bubble drop interactions provides an alternative basis for the 
prediction of dispersed-liquid-phase drop size a t  steady state. 

In order for drops to become unstable in a shear field, we have 
from Hinze (1955) 

where 

7 - forcejarea - energy/volume 

(3) 

On a microscopic level we can consider a single bubble-drop 
interaction, with a prevailing energy dissipation rate, t, in the 
continuous fluid in the region of the rising bubble, and with a 
characteristic duration, t .  Only a fraction of the available energy 
can be dissipated by the dispersed phase through internal 
circulation or through the creation of additional interfacial area. 
Much of the energy has an inappropriate length scale and 

merely causes drops to convect. Thus, we may write 

(4) 

The effective energy per unit volume, t ecpr t ,  can be expressed as 
a function of the energy per unit volume of fluid per collision, the 
probability that a bubble will cause a drop to rupture and the 
energy fraction available for drop rupture. Each of these terms 
can be obtained by applying fundamental fluid mechanic 
concepts to the behavior of individual bubbles and drops. 

Energy per Unit Volume per Collision. A differential energy 
balance for bubbles between the bottom and the top of a 
gas-agitated vessel can be used to estimate the average rate of 
energy dissipation. If the changes in kinetic and surface energy 
of the bubbles are neglected, the average power dissipated per 
unit mass in the vessel becomes: 

Equation 5 is frequently approximated as: 

t = gu,  

In the vicinity of a rising bubble, the superficial gas velocity 
approaches the bubble velocity, U,, and the acceleration of fluid 
around the rising bubble, 4.5 U:/D, approaches 3g for both 
ellipsoidal and spherical cap bubbles (Clift et al., 1978). The 
duration of an interaction can be approximated as the time 
required for a drop to go around a rising bubble, aD12Ub. Thus, 

Energy per Unit Volume per Collision = 1.5ap,gD (7)  

Probability of a Bubble Causing a Drop to Rupture. The 
probability that bubbles will cause drops to rupture as they rise 
through a vessel can be expressed as the product of the number 
of collisions and the probability that a collision will lead to 
rupture. The probable number of collisions is obtained as the 
ratio of the time spent by an individual bubble in the vessel to the 
time between complete surface coverage, by bubbles, a t  a single 
elevation: 

No. of Collisions = 1.5UgH/DU,, (8) 

In the case of the rectangular vessel described in this work, a 
minimum superficial gas velocity of 0.0035 m/s is required to 
ensure that each drop is engaged in a t  least one collision event 
over this time period. The probability that a collision leads to 
drop rupture can be experssed as t i t  * where t is the duration of a 
collision event and t* is the time required for the bubble and 
drop to approach to a distance, h, at  which rupture occurs. t* 
can be approximated from the classic lubrication problem where 
two equal-sized disks are pressed together with a constant force 
(Thomas, 1981): 

t* = 3/.~Fd~/{32au’h’} (9)  

As the bubble and drop surfaces deflect similarly during the 
approach, 

678 May 1990 Vol. 36, No. 5 AIChE Journal 



Eq. 9 becomes: mean drop size and eddy size are comparable, and the choice of 
a is further justified. See Schlichting (1 979) for a more complete 
discussion of energy spectra. 

Thus the proposed model for predicting steady state mean 
drop size in the absence of coalescence in gas agitated liquid- 
liquid dispersions, equation 16, is implicit and statistical in 
nature. This equation differs fundamentally from those pro- 
posed for mechanically agitated vessels, where vessel geometry 
plays such a key role. Liquid height and mean bubble diameter 
are the only reactor specific terms in equation 16. 

t* = 3pF'Dd/(32~au'h~} (1 1) 

and the probability that a bubble will cause a drop to rupture 
becomes: 

P = 1 8 K ' U ~ H u ~ ' / D p U ~ } ( h 2 / F ' d ~  5 1 (12) 

The distance from the bubble a t  which drop rupture occurs, h, 
and the force pushing the bubble and drop together, F', are both 
expected to decrease with drop size, but cannot be measured 
directly. Consequently, the experssion h2/F' d is treated as a 
parameter, C, in the model. 

Energy Fraction Available for Drop Rupture. The energy 
associated with a bubble-drop interaction, Eq. 7, arises in the 
boundary layer surrounding a rising bubble. This boundary 
layer has a thickness, T, which is of the order of 

if  potential flow is assumed, and internal recirculation of the 
bubbles is ignored. Under creeping flow conditions, the bound- 
ary layer thickness is three times greater for bubbles, as the 
velocity gradients adjacent to rising bubbles are substantially 
reduced. 

The specific energy available in the boundary layer can be 
expressed in terms of the energy spectrum. All of this energy can 
be presumed to be available if drop diameter exceeds the 
boundary layer thickness, yielding: 

This approximation arises because velocity gradients in the 
wake (if present) are small. If drop diameter is less than the 
boundary layer thickness: 

Energy Fraction Available for Drop Rupture 

as eddies larger than the drop cause convection and not drop 
rupture. The latter approximation, Eq. 15b, is possible because 
of the relative simplicity of the integral form of the energy 
spectrum when expressed as a ratio. In addition, the wave 
number is approximately proportional to the inverse of eddy 
diameter. if  the eddies contained in the boundary layer are 
assumed to move at  approximately the same mean speed with 
respect to the bulk liquid. The coefficient, a, varies continuously 
across the energy spectrum in the inertial subrange a = */,, 
whereas at higher wave numbers (small eddies) a = 6 or more. 
Only small eddies can arise in the boundary layer associated 
with bubbles, and the coefficient, a, is set a t  6 in the model. The 
value of the coefficient, a, can also be estimated by comparing 
the size of the smallest eddies which might arise with the mean 
drop size obtained experimentally, following the approach of 
Thomas (1981). Such a calculation is approximate. However, 

T = 1.5up,gD(8u2CU,Huu'/D~U~~ 

5 1  

Drop-drop coalescence 
The impact of drop-drop coalescence on mean drop size can 

be estimated from the probability of binary, ternary and 
quaternary collisions, which in turn are functions of dispersed- 
phase concentration. Higher-order terms may be neglected. As 
slip velocities for drops are low, drops must be in close physical 
contact before coalescence can occur. If each drop is assigned a 
cubic cell in a dispersion, interactions with six face neighbors 
and 12 edge neighbors must be considered. The probability that 
two drops are within a distance L' can be approximated as a sum 
of joint probabilities, P2 for the two types of interactions: 

where 

L + d,, = dv,[*/6$]'/' 

is the dimension of the cell. Similarly, the probability of a 
ternary interaction within a fixed distance can be expressed as: 

and a quaternary interaction as: 

Mean drop diameter becomes a function of mean diameter a t  
infinite dilution, i.e., d ,  from Eq. 16, and the incremental 
probability terms: 

where the probabilities are evaluated in the limit L' - 0, and 
each term in the sum is the product of the probability of the 
interaction type and the resultant increment in drop diameter. 
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Experimental Studies 
Experiments were conducted in a vessel with a rectangular 

cross-section of 0.15 x 0.30 m. The vessel, 1 .OO m in height, was 
constructed of 6.35-mm-thick sheets of perspex. Five taps of 
12.7 mm diameter were drilled along the length of the column at  
0.10 m intervals so that the pressure drop could be measured. 
five holes were also drilled in the bottom plate of the column and 
fitted with interchangeable nozzles (1.5, 2.5, 3.5 and 5.0 mm 
diameter). These holes linked the reactor to a gas chamber with 
a rectangular cross-section of 0.30 x 0.40 m and height of 0.40 
m. The latter two features permitted bubble generation at  
constant pressure (Tsuge and Hibino, 1982), intermediate 
(Tsuge and Hibino, 1982), and constant flow (Wraith, 1971) 
conditions. Bubble size was varied at  constant gas flux. Supple- 
mentary experiments were performed with a tubular reactor 
(0.3-m-dia., and 3-m-high, equipped with five 0.0025 m noz- 
zles). Drop and bubble diameters were determined photographi- 
cally using a Nikon camera (shutter speed 0.004 s) in conjunc- 
tion with an image analyzer (Bausch and Lomb, Omnicon-3000 
with NOVA-4 data general). A more detailed description of the 
apparatus and procedures can be found elsewhere (Hatzikiria- 
kos et al., 1988). 

The vessels were operated in batch mode with respect to both 
liquid phases. During a typical experiment, the vessels were 
filled with distilled water to a depth of 0.80 and 1.5 m, 
respectively, and saturated air was passed through the nozzles. 
The dispersed-phase liquid was introduced from the top through 
nozzle distributors with variable orifice diameters (3.2, 1.6, 1.0 
mm). The initial drop sizes fell within the range 2,000 Mm < d < 
10,000 pm. At low gas fluxes, photographs were taken while the 
column was operating. At higher gas fluxes, it was necessary to 
interrupt gas flow and photographs were typically taken only 
after 30 minutes of column operation. The experimental sauter 
mean drop diameter was obtained from Eq. 2 1. 

where n, is the number of particles within the diameter interval 
with a mean diameter di. The effects of superficial gas velocity, 
dispersed-phase volume fraction, interfacial tension, dispersed- 
phase viscosity and density were investigated independently 
using four liquid-liquid systems. The properties of the liquid- 
liquid systms are summarized in Table 1. 

Results and Discussion 
Gas holdup 

The relationship between gas holdup and superficial gas 
velocity in the rectangular vessel is shown in Figure 1. The gas 

Table 1. Physical Properties of Liquid-liquid Systems 

System Ird,  kg/m * S c, N/m Pdr k / m ’  

A. Linseed Oil (85 vol.%) + 
TCE Water-Air 0.017 0.0062 1,000 

B. Linseed Oil (96 vol. %) + 
TCE Water-Air 0.025 0.0061 950 

C. Cottonseed Oil (83 
~01.7%) + TCE Water-Air 0.019 0.0236 1000 

C. Dibenzyl Ether-Water-Air 0.005 0.0050 1040 
E. Castor Oil (90 wt.%) + TCE 0.180 0.0343 1010 
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Figure 1. Gas holdup in three-phase systems. 

holdup in the range of 0.001-0.04 m/s for linseed oil + 
TCE-water-air and cottonseed oil + TCE-water-air is compara- 
ble to values given by Abou-El-Hassan (1979), who devised a 
generalized correlation for gas holdup in gas-liquid as well as 
gas-liquid-solid bubble columns. The presence of a dispersed 
phase leads to a reduction in gas holdup vis-h-vis corresponding 
gas-liquid systems. Kato et al. (1984) found that gas holdup in 
gas-liquid-liquid systems tended to be 10 to 15% lower than 
values encountered in gas-liquid systems. However, their corre- 
lation severely underestimates gas holdup a t  low gas fluxes. Kato 
et al. (1972) and Nakamura (1978) observed a similar reduction 
in gas holdup in bubble columns containing suspended solid 
particles vis-ir-vis corresponding gas-liquid systems. This reduc- 
tion in gas holdup has been attributed to an increase in the 
apparent viscosity of the bulk liquid resulting from the presence 
of a dispersed phase (Abou-El-Hassan, 1979) and would appear 
to be independent of the physical properties of the dispersed 
phase. Results obtained as part of this study, with a radically 
different geometry, are consistent with these findings. 

Drop size distribution at steady state 
Typical steady-state drop-size distributions are illustrated in 

Figure 2. These distributions, based on more than 1,000 drops 
per distribution, are approximately Gaussian. Similar distribu- 
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Figure 2. Sample size distributions for dispersed-phase 
drops. 
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tions have been reported for kerosene-water dispersions in 
mechanically-agitated vessels (Stamatoudis and Tavlarides, 
1985). Drop-size distributions, under dynamic conditions, were 
investigated and are reported separately (Hatzikiriakos et al., 
1990). During a typical experiment with system A, size distribu- 
tions were obtained after 3, 10, 15 and 30 minutes (Figure 3). 
The large drops initially present were rapidly broken up, and 
steady-state size distribution profiles were obtained within 15 
minutes as shown in Figure 3. 

Variables Influencing Drop Size and Size 
Distribution at Steady State 
Energy dissipation rate 

Figure 4 shows the effect of energy dissipation rate, defined by 
Eq. 6, on the steady-state sauter mean diameter of dispersed 
liquid drops for three vessel geometries. Two flow regimes, one 
below and one above -0.04 m’/s’ are clearly delineated for the 
results obtained with the rectangular vessel. As noted above, 
such a transition can be attributed to the probable number of 
bubble-drop collisions per drop arising in the vessel as a bubble 
passes through. The number of such collisions becomes unity a t  
an energy dissipation rate of 0.035 m2/s3. Drop size distribution, 
as well as mean drop diameter, is affected by changes in energy 
dissipation rate, as shown in Figure 5. The range of stable drop 
sizes narrows as the superficial gas velocity is increased. This 
suggests that at high energy dissipation rates a dynamic 
equilibrium between coalescence and break-up may arise. A 
similar dependence is noted for mechanically-agitated vessels 
(Stamatoudis and Tavlarides, 1985). 

Interfacial tension 
Interfacial tension has a limited influence on mean drop 

diameter as shown in Figure 4. Systems A and C ,  for example, 
have approximately the same viscosity but their interfacial 
tensions differ by a factor of four. The effect of interfacial 
tension on mean drop size is less than anticipated by the 
equations of Thomas and Hinze which are based on isotropic 
turbulence. This difference can be attributed to the efficiency 
and modes of energy transfer to the dispersed phase in gas- 
agitated dispersions which do not conform with conditions 
prevalent in isotropically turbulent flow fields, i.e., the dominant 
role played by the viscous term in Eq. 16. 
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Figure 3. Dynamic drop-size distributions for system A, 
Ug = 0.02 m/s. 
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Figure 4. Effect of energy dissipation rate on mean diam- 
eter of dispersed-phase drops. 
Equation 20 with the boundary layer thickness estimated from 
potential flow (---) and creeping flow (. . . . . , .); Eq. 22 with 
dJfY - 0.5,b = 0.0045 (-) 

Dispersed-phase concentration 
The effect of dispersed-phase concentration on sauter mean 

diameter is shown in Figure 6 .  Sauter mean diameter tends to 
increase with dispersed-phase concentraiton over the range 
investigated. Limited dependencies, however, have been re- 
ported previously for lean and dense liquid-liquid dispersions in 
mechanically-agitated vessels (Narshimhan, 1980; Nishikawa 
et al., 1987) and for dense gas-agitated liquid-liquid dispersions 
(Kato et al., 1984). The impact of dispersed-phase concentra- 
tion on sauter mean diameter is well predicted by the proposed 
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Figure 5. Breadth of drop-size distributions for system A. 

model, Eq. 20, which suggests that mean drop size increases 
rapidly with concentration in the 0.5 to 3 vol. % range and then 
remains virtually constant up to concentrations exceeding 25%. 

Relative viscosity 
The steady-state sauter mean diameter is plotted against the 

relative viscosity a t  fixed interfacial tension in Figure 7. Superfi- 
cial gas velocity is a parameter. The slopes of the experimental 
curves are related to the apparent power dependence of sauter 
mean diameter on viscosity. A power dependence of 0.256 was 
obtained by regression which conforms with the value, 0.25, 
obtained "y Calderbank (1967) for bubble columns. Nishikawa 
et al. (1 987) reported a power dependence ranging from 0.12 to 
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Figure 6. Effect of dispersed-phase concentration on Sau- 
ter mean diameter in a rectangular vessel. 
Equation 20 with the boundary layer thickness estimated from 
potential flow (---) 
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Figure 7. Effect of relative viscosity on the Sauter mean 
diameter of dispersed-phase drops in a rectan- 
gular vessel. 
Equation 20 with the boundary layer thickness estimated from 
potential flow (---) 

0.2 for mechanically-agitated vessels. The origin of the effect, 
however, may be seen more clearly with the proposed model, 
where the dependence on viscosity is a function of operating 
conditions and fluid properties. 

Vessel geometry 
Preliminary experiments performed with a tubular reactor 

indicate the same trends as observed in the rectangular vessel. 
However, the drops are larger, particularly in the presence of a 
draft tube as shown in systems A and D of Figure 4. This effect is 
attributed to the longitudinal recirculation imparted by the 
draft tube, which radically reduces the velocity gradients in the 
boundary layer surrounding rising bubbles. The observed mean 
drop sizes are consistent with a boundary layer thickness 
estimated from the creeping flow approximation and are mod- 
eled accordingly in systems A and D. In the absence of a draft 
tube, mean drop size in the tubular vessel lies between the 
creeping flow and potential flow extrema in system A. Thus the 
flow pattern of the continuous fluid as opposed to geometry per 
se has a significant influence on mean drop size. Since bubble 
boundary layer behavior is bounded by the creeping flow and 
potential flow assumptions, mean drop size can be predicted 
within 50% for a vessel of arbitrary shape. Even limited 
knowledge concerning the flow pattern of the continuous fluid 
reduces this error substantially, whereas the use of correlations 
designed for mechanically-agitated vessels can lead to unpredict- 
able and large errors as shown on Figure 4. 

Other parameters 
The relative density of the dispersed and continuous phases 

had no effect on sauter mean diameter in the range 0.95 < 
pld/plc < 1.04. Experimental data related to relative density in 
the range 1.04 < p l d / p l c  < 1.13 is inconclusive as far as the effect 
of relative density is concerned. However, little dependence is 
anticipated, see Eq. 16. Initial drop size has no effect on the 
steady-state sauter mean diameter for initial drop sizes in the 
range 2,000 pm < d < 10,000 pm. Variation of mean bubble 
diameter, a t  constant gas flux, over the range 1.0 to 2.5 crn also 
had no apparent effect on mean drop diameter a t  steady state in 
the region where d > T which also conforms with Eq. 16. 
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Verification of the Model 
The dashed curves on Figures 4, 6 and 7 correspond to the 

model predictions with C = 7.0 x 10-4sz - kg-', L ' / d  = 0, a = 
6 ,  and T defined by Eq. 13. The overall fit of the model is 
satisfactory for the diverse systems investigated, and it illus- 
trates the appropriateness of the approach. Apart from the 
evaluation of C, no effort was made to optimize the fit of the 
model to the data or estimate the effect of physical properties/ 
operating conditions on the value of the model parameters, as 
this would detract from the simplicity and generality of the 
model. Relaxation of the severe constraint imposed on L' in 
particular may improve the evaluation of the impact of concen- 
tration on mean drop diameter, which tends to be underesti- 
mated in the present model. Model predictions are also sensitive 
to the value of the boundary layer thickness, a t  high energy 
dissipation rates, and Eq. 13 can lead to slight over/under 
prediction of drop size under these conditions. 

Model parameters do not appear to exhibit a strong apparatus 
dependence, as the dominant interactions typically remain 
individual drop-drop or bubble-drop interactions. Preliminary 
experiments, performed with tubular and rectangular vessels 
and shown on Figure 4 appear to confirm this finding. Additional 
experiments with alternative geometries are in progress and will 
be reported at a later date. 

Comparison with Mechanically-Agitated Vessels 
The relative performance of gas and mechanically-agitated 

vessels as contactors for liquid-liquid systems can be compared 
on the basis of energy consumed per unit of interfacial area. The 
results of this investigation are ocmpared with thoseof Nishikawa 
et al. (1 987), who summarized the impact of operating parame- 
ters on the steady-state sauter mean diameter of dispersed-phase 
drops in vessels agitated with a high shear impeller as: 

Equation 22 fits their data well and agrees with other correla- 
tions associated with dispersion studies in mechanically-agitated 
vessels. The impact of power dissipation rate on the sauter mean 
diameter for gas- and mechanically-agitated vessels is illus- 
trated for four different systems in Figure 4, with d , / D  = 0.5. 
For systems A and D, systems with a low interfacial tension, the 
sauter mean diameters obtained in gas- and mechanically- 
agitated vessels are comparable a t  low energy dissipation rates, 
in the absence of longitudinal recirculation. Mechanical agita- 
tion is preferred at higher energy dissipation rates. For systems 
C and E which possess high interfacial tensions, mean drop 
diameter is much greater in mechanically-agitated vessels than 
in gas-agitated vessels, particularly a t  low energy dissipation 
rates. The large mean diameters obtained in mechanically- 
agitated vessels, at low energy dissipation rates, can be attrib- 
uted to coalescence in zones remote from the impeller (Mlynek 
and Resnick, 1972; Weinstein and Treybal, 1973). Such zones 
do not exist in gas-agitated dispersions, and in this latter case, 
gas-agitated vessels are preferred over a broad range of operat- 
ing conditions. As the role of relative viscosity is comparable in 
both gas- and mechanically-agitated vessels, this parameter is of 
secondary importance for comparative purposes. 

The comparative advantage of gas-agitated vessels is greatest 
for fluids with high interfacial tension (as the steady-state sauter 
mean diameter has only a limited dependence on interfacial 
tension), a t  low to moderate energy dissipation rates. The region 
of comparative advantage for gas-agitated vessels is further 
constrained if the flow of continuous fluid surrounding bubbles is 
''laminar,'' as drops tend to be large in this case. At steady state, 
each case must be assessed independently, and gas-agitated 
vessels are not preferable a priori. However, a comparison 
between gas-agitated and mechanically-agitated vessels operat- 
ing under dynamic conditions shows that the former may be 
preferred for a broad range of liquid-liquid systems (Hatzikiria- 
kos et al., 1990). 

Conclusions 
Gas-agitated and mechanically-agitated liquid-liquid disper- 

sions exhibit fundamentally different hydrodynamic behavior a t  
steady state, and neither reactor type is preferred in general. 
The mean drop size of dispersed-phase drops in gas-agitated 
liquid-liquid dispersions can be expressed as a function of the 
physical properties of dispersed phase, bubble boundary layer 
thickness, and energy dissipation rate. Dispersed-phase proper- 
ties have the greatest impact on mean drop size a t  low energy 
dissipation rates whereas boundary layer thickness becomes 
increasingly important a t  higher energy dissipation rates. Steady- 
state mean drop diameters in gas-agitated vessels can be less 
than, equal to, or greater than mean drop diameters arising in 
mechanically-agitated vessels equipped with high shear impel- 
lers. As mean drop diameter is less dependent on interfacial 
tension in gas-agitated vessels than in mechanically-agitated 
vessels, the comparative advantage is greatest for two-phase 
liquids with high interfacial tensions. Gas-agitated vessels are 
also preferred for two-phase liquids with a high relative viscos- 
ity, a t  low energy dissipation rates. 
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Notation 
(I = dimensionless exponent 
C = dimensional constant, s2 - kg-' 

d,  d ,  = drop diameter, impeller diameter, m 
d,,,, d,,, = maximum and minimum stable drop diameter, m 

d,, dus6, d,,., = Sauter mean diameter: infinite dilution, concentra- 
tion 6, agitated vessel, m 

D, L?' = bubble diameter, vessel diameter, m 

F, F' = force acting on the drop, bubble, kg . m . s - ~  
E = frequency 

g = gravitational acceleration constant, m . s-' 
h = critical rupture thickness, m 

H = liquid depth, m 
k = wavenumber 

L,L' = average drop-drop distance, drop-drop distance, m 
P2, P,, P4 = coalescence probabilities 

Re = Reynolds Number 
s = radius, m 
T = boundary layer thickness, m 

t ,  t* = time, characteristic time, s 
U,, Uh = superficial gas and bubble velocity, m . S K '  
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Greek letters 
T = shear stress, kg m- ’ . s - *  

u‘, u = surface tension: gas continuous liquid, liquid-liquid, 
= pd/puc 

kg . s-’ 
c = energy dissipation per unit mass, m2 s-’ 

cb = gas fraction of slurry 
p, p,, p,, = liquid viscosity, viscosity of continuous and dispersed 

pp,pd = density of the bulk liquid, the continuous liquid, 

A p  = density difference between the liquid and gas phases, 

6 = volume fraction of the dispersed phase in the liquid- 

liquid phases, kg . m-’ . s - ’  

dispersed liquid, kg . m-’ 

kg . m-’ 

liquid dispersion 
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